
Simultaneous Measurement of Interfacial 
Area and Mass Transfer Coefficient in 
Three-Phase Fluidized Beds 

The technique of simultaneous measurement of the mass transfer coefficient 
and the interfacial area (Robinson and Wilke, 1974) was used to measure the 
volumetric liquid-phase mass transfer coefficient (kLg), the interfacial area ( g )  and 
the true liquid-phase mass transfer coefficient (kL) in three-phase fluidized beds. 
The eddy-cell model of Lamont and Scott (1970) was-found to give a reasonable fit 
to the kL data, if the proportionality constant is modified. The k L p  and p data were 
correlated by empirical equations. Some information on bubble diameter was 
deduced from the interfacial area and holdup measurements. 
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SCOPE 

Much attention has been devoted recently to the phenome- 
non of three-phase fluidization with the interest arising mainly 
from the possible application to coal liquifaction and other 
hydrogenation processes. It has been reported that in most of 
these processes gas-liquid mass transfer is the rate-controlling 
factor and invariably this particular process is characterized by 
the volumetric mass transfer coefficient, kLg. However, it 
seems more appropriate to attempt the prediction of k,, and a 
(the constituent parameters of k,g) from separate correlations, 
because there is enough evidence in the literature to suggest 
that k,. and g depend on completely different parameters of the 
system (e.g., k,, depends mainly on diffusivity and viscosity, 
while g depends mainly on surface tension and ionic concentra- 
tion of the solution). , 

This paper attempts to study systematically k,g, kL, and a in 
three-phase fluidized beds. Separate measurements o f k ,  and a 
were previously reported by Lee and Worthington (1974), and 

Ostergaard (1978), in both cases doubts exist as to the correct- 
ness of the published values. Lee and Worthington (1974) mea- 
sured interfacial areas not inside the bed but in the region 
above it; the two values may be quite different as was discov- 
ered in the study presented here. The values of kLg reported by 
Ostergaard (1978) differ by a factor of about 5 from the earlier 
reported data (Ostergaard and coworkers; 1971, 1972). There 
is also no agreement between the interfacial areas obtained by 
Lee and Worthington (1974), and Ostergaard (1978). 

The technique of Robinson and Wilke (1974) has been used 
here to study the effect of various process parameters such as 
particle diameter, gas and liquid velocity, gas-phase resist- 
ance, decrease in gas flow rates, etc. on the above quantities. 
Some information on bubble diameters has been deduced. The 
results obtained here a re  likely to further the understanding of 
the phenomenon of gas-liquid mass transfer in the three-phase 
fluidized beds and they may also provide guidance in the choice 
of the optimum size of fluidized particles. 

CONCLUSIONS AND SIGNIFICANCE 

On the basis of the technique developed by Robinvon and 
Wilke (1974), a simple chemical system was proposed and used 
for the measurement of k,g, kL, and g in three-phase fluidized 
beds; this system seems to be applicable to measurements of 
mass transfer parameters in almost any contactor, ewept  in 
packed beds. Measurements of k,g, k L ,  and g in three-phase 
fluidized beds of 1.98-, 4.08-, and 5.86-mm particles showed 
that the particle size has a profound effect on p and therefore 
on kLa, while there was little difference in X L  values among the 
beds of various particles. 

Further, it was found that both k L g  and g increased with 
increasing superficial gas velocity ( t t , )  for all three-particle 
sizes. There was no effect of liquid velocity on kLg and g in  beds 
of the two larger particles, while both parameters increased 
with increasing liquid velocity ( 1 1 ) )  in the bed of the smallest 
particles. The true mass transfer coefficient kl,  was found to be 
independent of the liquid velocity for all three particle sizes, 
while an increase in ziy was found to increase k L  for the smallest 
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particle, decrease kL for the 4.08-mm particles, and no effect 
was observed for the largest size of particles. 

A comparison of the interfacial area and kLa obtained in 
three-phase fluidized beds with the values published for other 
contactors revealed that three-phase beds with particles of the 
size of 4 mm and larger were probably the most efficient 
gas-liquid contactors, while beds of particle size of 2 mm are  
comparable in performance to packed beds. The difference 
between the values of kLg in beds of the smallest and those for 
larger particles was by a factor of 5 or  more. 

The results indicate that a great improvement in the gas- 
liquid mass transfer rate in various hydrogenation and other 
processes can be achieved by using catalyst particles of a rela- 
tively large size. However, this improvement in gas-liquid 
mass transfer is achieved only a t  the expense of a reduction in 
the rate of the surface reaction due to a reduced catalyst 
surface area. The latter problem can be solved to some extent 
by employing a porous catalyst. Although pore diffusion may 
tend to slow down the surface reaction, it is believed that this 
would be more than compensated by the improvement in the 
gas-liquid mass transfer rate. 
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The industrial importance of three-phase fluidized bed has 
been emphasized by inany authors; Ostergaard (1968) published 
an excellent review of industrially important processes. It has 
been reported that in many of the processes described in litera- 
ture, mass transfer across the gas-liquid interface is the rate- 
controlling step. Despite such importance of gas-liquid mass 
transfer in three-phase fluidized beds, very few studies are 
found in literature; in the majority of the reported investiga- 
tions, only volumetric liquid-phase inass transfer coefficients 
were measured. However, it is generally recommended to at- 
tempt separate correlations for k L  and @, as each paralneter 
depends on a different set ofvariables. The present investigatiorl 
attempts to study the effect of various process paraineters on 
kL@, kL, and a in three-phase fluidized bed of different particle 
sizes. 

PREVIOUS WORK 

Ostergaard and coworkers (1971, 1972) studied absorption of 
CO, and 0, into water in  beds of l -  and 6-mm glass ballotini and 
in a bitbhle column. They found that the volumetric absorption 
coefficient increased with increasing gas flow rate, but it re- 
mained tinaffected by wriations in the liquid flow rate for the 
6-min particles, while it increased with an increase in liquid flow 
rate in the bed of 1-min particles. Absorption coefficients in  beds 
of 6-min particles were approximately ten times greater than in 
beds of I-min particles, while coefficients in the solid-free bub- 
ble column were of intermediate magnitude. The authors also 
observed that kL@ decreased with the bed height in beds of 
1-mm particles and in hiibble columns, but in beds of 6-min 
particles the coefficients passed throngh a maximum. In a later 
study, Ostergaard (1978) reported values of k,*a obtained by 
chemical absorption of CO, into a carbonate-bicarbonate buffer 
for particles of the same sizes as iised in the two previous studies. 
However, the kL@ values measured by the cheinisorption tecli- 
nique were about five times lower than those obtained earlier by 
the physical adsorption method. 

Dakshinainwty and coworkers (1973, 1974, 1976) also 
studied the process of physical absorption of CO, and O2 into 
water in three-phase fluidized beds and confirined the findings of 
Ostergaard and coworkers (1971, 1972). Finally, Lee and 
Worthington (1974) investigated absorption of CO, into water 
and a sodium sulphate solution in a bed of particles 6 inin in 
diameter. In addition to measurements of k,a, they also mea- 
sured the interfacial area iininediately above the bed hy the light 
transmission technique and assiirned that it was virtually the 
same as within the bed. The authors fonnd a similar effect ofu, 
and ul on kLg as observed by Ostergaard and coworkers (1971, 
1972); but, in contrast to the findings of the above authors, they 
reported that kL@ steadily decreased with the bed height. 

EXPERIMENTAL TECHNIQUE 

There are many techniques reported in literature for deter- 
mining kL_a and @. Sharma and Danckwerts (1970) coinpared the 
available techniques (physical absorptioiddesorption and chein- 
ical absorption) and systems for measuring k,_a and concluded 
that chemical methods were generally superior to physical ah- 
sorption, as they did not require any knowledge offlow pattern 
or the use of very accurate analytical methods. A comparison of 
the available techniques for the ineasiireinent of interfacial area 
(viz., the light-scattering method, the chemical method, and the 
photographic method) was carried out hy Landau et  al. (1977) 
and the authors concluded that the light transmission technique 
gave the best results followed by the chemical method and the 
photographic method. However, optical techniques were de- 
veloped for gas-liquid dispersions only and they cannot lie 
applied to systems containing a solid phase. 

Recently, Robinson arid Wilke (1974) proposed a novel tech- 
nique for a simultaneous determination of k , @  and @. The tech- 
nique involves a simultaneous physical desorption of one gas 
from and absorption with chemical reaction of another solute gas 
into the liquid phase. The rate of desorption of the first 

species is used to evaluate the overall mass transfer coefficient 
k,cj and the rate of absorption with chemical reaction is then 
used to calculate the interfacial area a. The main advantage of 
the method is that it ensures that both kLcj and a (and therefore 
kL)  are determined under truly identical physico-chemical and 
hydrodynamic conditions. For this reason, it was decided to 
employ this method in the present investigation. 

SIMULTANEOUS EVALUATION OF kLG,  a, AND ki, 

Robinson and Wilke (1974) performed their measurements in 
an agitated vessel by siinultaneonsly absorbing CO, from a 
C02-N2 inixtrire into a weak (<O.IM) solution of KOH and 
desorbing oxygen from the same solution into the C02-N2 mix- 
ture. The change in 0, concentration in the KOH solution was 
measured by a dissolved oxygen probe of Johnson et  al. (1964); 
the change in  the carbonate concentration was determined by 
potentiometric titration. For a fast pseudo-first order reaction in 
the liquid phase, the rate of absorption is given by  (Danckwerts, 
1951): 

R,a = &,* ( k L A P  + D, kzCo)o.5 (1) 
The 1-ate expression for the physical desorption of oxygen is 

given by: 

R B G  = kLB@.ACs,, (2) 
where ACB,, is the mean value of the difference i u  oxygen 
concentration between the interface and the l)IIlk of the liquid 
phase. Since kL a<D, it holds that: 

(4) 
To calculate the interfacial area, Eq. 1 i s  rearranged to give: 

(5) c j  = {[(RA&*,)' - ( ~ L , ~ ] / D A  k z  Co)o.5 

The calculation technique derived above involves: 
1. Experimental measureinent of RAu and RBa, with A refer- 

ring to the absorption ofCO, and B referring to the desorption of 
oxygen. 

2. The use o f R , ~  to calculate k L B a  by Eq. 2 and kLaa by Eq. 4. 
3. The use of RAa and k,,A@ to calcrilate g hv Eq. 5 .  
4. The calculation of kLB by dividing a into kLB@. 
The essential condition for the success of the method is that 

the volumetric niass transfer coefficients for chemical allsorption 
and physical desorption be equal after correction for a different 
diffiisivity. However, Joosten and Ilanckwerts (1973) reported 
differences in kLn values for physical and chemical absorption i n  
packed beds. These differences were attributed to pockets of 
stagnant liquid that might become completely saturated In phys- 
ical absorption. Since it is highly tinlikely that &gnnitt pockets 
of liquid can exist in three-phase fluidized beds (due to a very 
high degree of turbulence i n  the bed), there is no reason to 
believe that k L a  would be different driring physical desorption 
and chemical ak)sorption. Uiis assumption was, nevcrtlteless, 
put to an experimental test in a bet1 o1'4.08-1n111 particles; it was 
found that the volumetric inass transfer coefficients determined 
by physical desorption agreed reinarkahly well with those 01,- 
taiiied b y  cheinisorption. (For details see llhanuka, 1978.) 

CHEMICAL SYSTEM 

The system originally proposed by Robinson m d  Wilke (1974) 
could not be used in  this study hecause ofrelatively low conver- 
sions i n  the liquid and large changes i n  the ionic strength ofthe 
solution during the process ofabsorption. The latter would affkct 
the rate constant for the reaction between CO, and 011- in a way 
that cannot yet be predicted with sufficient acciiracy. A system 
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free of these drawbacks was found in a 1.01 M sodium 
carbonate-sodium bicarbonate solution with a buffer ratio of 1 
containing 0.01 M sodium hypochlorite to enhance the reaction 
rate. In this system, the change in the ionic strength of the 
solution resulting from the absorption of COZ was always below 
5%. 

The concentration of oxygen in the solution was measured by 
a dissolved oxygen probe, Model 8012, from Electronic Instru- 
ments Ltd. A calibration procedure for measuring the oxygen 
concentration in ionic solutions, in particular in a solution of 
Na,CO3-NaHCO3, was developed and is briefly described in 
Appendix I .  A more detailed description of the procedure can be 
found elsewhere (Dhanuka, 1978). Before a sample of solution 
could be  subjected to the standard titration analysis for carbo- 
nate (Vogel, 1951), a stoichioinetric amount of sodium arsenite 
was added to reduce the hypochlorite present in the solution 
which would otherwise bleach the indicator. 

The kinetics of the reaction between dissolved carbon dioxide 
and sodium carbonate catalyzed by sodium hypochlorite has not 
yet been properly established. Measurements of the reaction 
rate constant were undertaken using a stirred cell. The results of 
these measurements are described in Appendix 11. 

EXPERIMENTAL 

The three-phase fluidized bed was contained in a perspex tube 50 inin 
i.d., consisting of two sections, each 750 inin long. The bed was sup- 
ported by a wire mesh throngh which the liquid was introduced after 
passing through a calming section. The gas was introduced through a 
ring distributor containing four equispaced 1-inm diameter holes. The 
ring was placed i n  such a way that the top portion of the ring just touched 
the wire screen at the bottom of the column. This arrangement ensured 
that both the gas and the liquid entered the column separately. 

The liquid samples were withdrawn at a height of 620 mm from the 
bottom of the column, which formed the test section. The distributor 
was also part of the test section. The sampling device consisted of an 
upward-facing orifice; the flow of the liqnid sample was controlled with a 
fine control needle valve. This arrangement prevented gas bubbles from 
being entrained into the sampling line. The liquid sample was first 
passed through an airtight tube containing the oxygen probe and then it 
was collected for chemical analysis. The pressure drop was also mea- 
sured at the same height of 620 inin froin the bottom. A detailed 
description of the experimental setup is available elsewhere (Dhannka, 
1978). 

Three sizes of glass ballotini were used in this investigation with 
diameters 1.98 inin, 4.08 inin, and 5.86 mm.* The mass ofthe particles 
in the bed was approximately 1.5 kg. The superficial liquid velocity was 
varied from 6.1 to 13.8 cm/s and the superficial gas velocity from 2 to 8 
cinls. 

The data for calculating kLBg k,, and _a were collected for all three 
particle sizes by the technique described above. Thek,,avahes for each 
particle size were also determined by physical desorption ofoxygen from 
the same solution of carbonate-bicarbonate l d k r  into a gas phase 
consisting ofpiire nitrogen. This was carried out to investigate the effect 
of the reduction in gas flow rate resulting from the absorption of COz in 
the liquid phase on the mean value of the volumetric inass transfer 
coefficient. This reduction in CO, systems was as high as 60-70% in some 
cases and might have a significant effect in many processes of industrial 
importance. 

No investigation was undertaken ofthe effects ofthe increase of the 
gas flow rate caused by oxygen desorption and pressure drop; the former 
constituted only 1.2% ofthe total flow rate, while the latter represented 
at the most only 10% ofthe total pressure, both ofwhich were neglected. 
The other effect that was subjected to test was that of the gas-phase 
resistance. For this piirpose, a mixture of75% CO, and 25% Nz (at inlet) 
was passed through a bed ofthe 5.86-inni particles; the choice of the 
particle size was made on the grounds that these particles were expected 
to show the lowest resistance i n  the liquid, thus facilitating the detection 
of any contribution of the gas phase to the total resistance. 

RESULTS AND DISCUSSION 
Volumetric Liquid-Phase Mass Transfer Coefficient 

The values ofkLBg were calculated from the experimental data 
by Eq. 2, using the logarithmic mean value of the concentration 

'The diameters represent statistical means of micrometer measurements of50 part- 
cles. 

I I -  

Figure 1. The experimental column. 

difference in the liquid phase: this is equivalent to assuming that 
the liquid phase was in plug flow. Available literature on liquid 
mixing in three-phase fluidized beds  (Ostergaard and 
Michelsen, 1968; Michelsen and Ostergaard, 1970; Kiln e t  al., 
1972; Ostergaard, 1978; El-Teintamy e t  al., 1979) suggest that 
liqnid mixing can be  ignored if the particle diameter is greater 
than 3 min and the column diameter less than 15 cm, both 
conditions were satisfied in the beds of 4.08- and 5.86-mm 
particles. In the case of the smallest 1.98-inin particles, liquid 
mixing does take place. However, El-Temtainy e t  al. (1979) 
reported quite low axial dispersion coefficients in beds of 2-mm 
particles with values in the range 20-60 cmz/s. Estimations of 
volumetric inass transfer coefficient with and without allowance 
for liquid mixing showed that no significant error was introdiic'ed 
when the effect of back mixing was ignored. 

The experimental results of kLBa for oxygen desorption into 
the COz and N, phases, plotted as a fiinction of the superficial 
gas and liquid velocities, are shown in Figs. 2, 3 and 4 for the 
1.98 mm, 4.08 min aqd 5.86 inin particles, respectively. The 
superficial gas velocity in the ease of CO, was calculated as the 
arithmatic mean of the superficial velocities at the inlet and 
outlet. 

Figure 2 shows that the kLBg value of the  1.98-min particles 
increases linearly with the gas velocity and it also increases with 
the liquid velocity. The beneficial efrect of the liquid velocity 
probably arises from the reported reduction of bubble coales- 
cence and increases in the gas holdup with an increase in the 
liquid flow rate (Dhanuka and Stepanek, 1978), both of which 
combine to increase the interfacial area and thus kL&. 

The gas flow rate affects the kLB_a through an increase in the 
interfacial area resulting from increased gas holdup, as well as 
through an increase in the mass transfer coefficient due to the 
presence of larger size bubbles resulting from increased coales- 
cence. The observed effect of liquid flow rate is in qualitative 
agreement with the results of Ostergaard and Fosbal(l972) for a 
bed of 1-mm glass beads. However, it contradicts the findings of 
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Particle Diameter = 1.98rnm Partlcle Diameter : 4.08 mrn 
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Figure 2. Effect of gasand liquid velocitieson the volumetric mass transfer 

coefficient in a bed of 1.98-mm particles. 

Dakshinamnrty and coworkers (1973, 1974), who reported no 
effect of liquid velocity in beds of 1.06 inm sand. 

As mentioned earlier, an attempt was made to study the effect 
of the decrease in gas flow rate along the bed on kLRa by using the 
average gas velocity in the reactor as the basis of comparison. It 
was found that kLRg values at the same average superficial gas 
and liquid velocities in the case of 1.98-inm particles were 
higher by about 30% with N, as gas phase (where no decrease in 
gas flow occurred), tlym with COz (Fig. 2) ,  while no such differ- 
ence observed in  the case of the two larger particles (Figures 3 
and 4). This observation is of practical importance, as small 
particles are widely used i n  industrial three-phase fluidized 
beds. 

For the observed difference, consider the two beds illustrated 
in Figure 5. The arithmatic mean ofthe inlet and outlet COZ flow 
rate in the second bed (bed ‘b’) is equal to the flow rate of 
nitrogen in the first bed (bed ‘a’). A cross section BB can b e  
defined in the bed ‘b’, where the local flow rate is exactly equal 
to the arithmatic mean flow rate and a corresponding section AA 
can be specified in the bed ‘a’at exactly the same height. Then, 
below the cross section BB, the gas flow rate in the bed ‘11’ is 
always higher than in the bed ‘a’ and the opposite is true for the 
volume above the cross section. As mentioned earlier, bubble 
coalescence in beds of small particles increases with increased 
gas velocity. Thus, the average bubble diameter leaving the 
reference section in bed ‘b’ is larger than that leaving the bed ‘a’, 
although the local gas flow rates leaving these sections are 
exactlv equal. Since in beds of small particles only bubble 

i 

0 7.097 
A 8.86 1 pure 
V 9.85 co2 
X 1086 

1 2 3 4 5 6 7 8 
ug.cm/s 

Figure 3. Effect of gas and liquid velocities on the volumetric mass transfer 
coefficient in a bed of 4.08-mm particles. 

coalescence can take place, this means that the average bubble 
diameter in bed ‘b‘ is larger than that leaving the bed ‘a’. 
Besides, larger bubble diameter in bed ‘b’ may also arise from 
the fact that a higher inlet flow rate of COz than of NZ has to be 
maintained through the distributor (which influences the inlet 
bubble diameter) to ensure the same mean flow rate in the two 
beds under comparison. In both cases, larger bubbles mean 
lower interfacial area, which in turn leads to a reduction of the 
kLBa values in bed ‘b’ against those in bed ‘a’. 

Figures 3 and 4 show that kLsa in beds of 4.08- and 5.86-inin 
particles increases with the gas velocity but is independent of 
the superficial liquid velocity. The resiilts are self-evident in 
view ofthe fact that the true mass transfer coefEcient, as will be 
shown later, is virtually independent of the liquid velocity and 
that the interfacial area is proportional to the gas holdup. The 
latter varies only slightly with the liquid flow rate but increases 
with the gas velocity. 

The volumetric inass transfer coefficients obtained here for 
the 5.86-min particles agree within 5 30% with those reported 
by Ostergaard and coworkers (1971, 1972), Lee and Worth- 
ington (1974) and Dakshinamurty and coworkers (1973, 1974) for 
beds of particles of sizes around 6 inin, but differ by a factor of 
five and more from those recently reported by Ostergaard 
(1978). No data exist in the literature that could be compared 
with the restilts for the 4.08-inin particles. The k , , R q  valnes 
obtained here were further coinpared with the corresponding 
results for bubble columns (Mashelkar, 1970), two-phase flow 
(Shilinikan and Stepanek, 19771, and most other gas-liquid con- 
tactors. The comparison showed that kLBa values in beds of 
1.98-1nin particles are slightly lower than in bubble columns 
while the values in the beds of two larger particles were consid- 
erably higher than those reported for other contacting devices, 
with the bed of 5.86-inm particles being the most efficient 
contactor of them all. 

The experimental data for oxygen desorption were correlated 
by nonlinear multiple regression and the following empirical 
equations were obtained: 

For the 1.98-mm particle bed, with decreasing gas flow rate 
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Figure 4. Effect of gas and liquid velocities on the volumetric mass transfer 
coefficient in a bed of 5.86-mm particles. 

ug,crn/s 

(i.e., pure COz as the gas phase). 

and with constant gas flow rate (i.e., pure N, as the gas phase). 

(7) kLBa = (3.25 2 0.304) x 10-3 u ; i ? o . o i i )  uyl.5S20.84) 

For the 4.08-mm particle bed: 

v (8) 

(9) 

where k L B g  is expressed in .Y- '  and (4, and i l l  i n  cin/s. The 
equations also include the standard deviation of the correlation 
coefficients. 

kLBa = (3.41 -e 0,  195) 10-2 ,JO.5552O.Ili.5) 

and for the 5.86-min particle bed: 

kLBa = (2 .52  -+ 0.041) X 10-'rr, 

Interfacial Area 

Experimental values of the interfacial area are plotted in 
Figures 6, 7, and 8 for the 1.98-, 4.08-, and 5.86-111111 lxirticles 
respectively a s  functions of the arithmatic niean superficial gas 
velocity and the siiperficial liquid velocity. 

Figure 6 shows that the interfacial area for the 1.98-min 
pm-ticles increases with an increase i n  both the gas and the liquid 
siiperficial velocities which is a direct consequence ofthe similar 

r--L t 
I G + L  I I G + L  I 

N2 Liquid 

bed 'a' 

C02 Liquid 
bed 'b' 

Figure 5. Comparison of beds of 1.98-mm particles with N, and CO, as the- 
gas phase. 

effect of the two velocities on the gas holdlip (Dhanuka and 
Stepanek, 1978). For the 4.08- and 5.86-mm particle beds (Fig- 
tires 7 and 8), the iiiterfacial area increases fairly linearly with 
increasing gas velocity but is independent ofthe liquid velocity. 
The observed effect of gas velocity on the interfacial area is due 
to a similar effect of gas velocity on gas holdup as reported by 
several authors (Dhanuka and Stepanek, 1978; Ostergaard, 
1968). 

It was also reported that the gas holdup decreases slightly 
with increasing liquid velocity. However no such effect on the 
interficial area could be detected, probably due to the scatter in 
the measured \-alttes of the latter parameter. 

A comparison among Figures 6, 7 ,  and 8 reveals that the 
interfacial area in  three-phase fluidized beds of the two larger 
particles is much larger than in beds of 1.98-mm particles. 
Fluidized beds of 4.08- and 5.86-111111 particles also show a 
considerably higher interfacial area than all other contacting 
devices. Under comparable conditions, the interfacial areas in 

Particle Diameter = 1.98rnrn 

Symbol ut,crn/s 

0 6.172 

X 7.398 

A 8.633 

1 2 3 4 5 6 
ug&rn/s 

Figure 6. Effect of gos and liquid velocities on the interfacial area in a bed 
of 1.98-mm particles. 
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Particle Diameter : 4.08 Mn Particle Diameter = 5.86mm 

Symbol q,cmb System Symbol 9, cm/s 
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A 8 * 860 

V 9.850 

X 10.86 
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Figure 7. Effect of gas and liquid velocities on the interfacial area in a bed 
of 4.08-mm particles. 

beds of4.08- and 5.86-inin particles were found to be 4-5 cni? 
cin3 and 7-9 cin2/cin3 respectively, while tlie corresponding 
values for bubble columns and lor the fluidized lied of 1.98-inni 
particles were 1-2 cni2/cin3, for fixed beds around 1 cni2/cin3 and 
in agitated vessels around 3-4 ein2/cin3. 

The interfacial areas in the bed of 5.86-min particles are also 
about five times larger than those reported by Lee and Worth- 
ington (1974) for the region immediately above a fluidized bed of 
6-min particles, although, as mentioned earlier, the volumetric 
inass transfer coefficients kLBg agreed within 30% i n  the two 
cases. This seeins to suggest that rapid bubble coalescence 
occurs iinniediately above the lied. 

A combination of the relationships for the interfacial area and 
for the gas holdup shows that the interfacial area is directly 
proportional to the gas holdup i n  beds of 4.08- and 5.86-inin 
particles, suggesting that the mean bnbble diameter remains 
independent of the flow rates in such beds. The mean bubble 
diameter w a s ,  therefore, calculated froin tlie following equation: 

( 1  0) 

Since it was not possible to nieasiire gas holdup simultane- 
ously with inass transfer ineasureinents, its values were calcu- 
lated froin the model of the three-phase fluidized bed proposed 
by Dhanuka and Stepanek (1978). The bubble diameters were 
found to I)? 1.8-2 iiim in the beds of 4.08-inin particles and 
1.2-1.4 inin i n  the lieds of 5.86-inni particles, which are very 
sinall valiies indeed. 

The following einpirical correlatioiis were obtained liy inillti- 
ple nonlinear regression of the data. For beds ot'1.98-mni parti- 
cles with decreasing gas flow rate (COz as gas phase), 

d b  = 6 . E , J ~  

= (0.232 t 0.066) ~ ~ ( 0 . 6 7 7  k 0.06) ~( (0 .534  -t 0.13) (11) 
For Ileds of 4.08-mni particles, 

0 10.85 
0 11 -82 
X 12.85 
V 1380 1 

1 at inlet 

0 10.05 
A 12.33 
v 1380 

75% CO 2 
+25%N2 

0 
0 1 2 3 L 5 6 7 8  

us. cm/s - 
Figure 8 .  Effect of gos and liquid velocities on the interfacial area in a bed 

of 5.86-mm particles. 

g = (1.05 t 0.045) uy (12) 

(13) _a = (1.8 t 0.076) up 

I n  the above eqiiations, a is i n  cin2/ctn3 and both tig and t i l  i n  
c d s .  As mentioned previously, the eqirations include the 
standard deviation of the correlation coefficients. 

and for bed5 of 5.86-ni1n particles, 

True Liquid-Phase Mass Transfer Coefficient 

Figures 9, 10, and 11 show the experimental values ofkLB for 
oxygen plotted against the superficial gas velocity with u i  as 
parameter for the 1.98-, 4.08-, and 5.86-inin particles, respec- 
tively. These figures show that the kLB values are, as expected, 
independent oful, but the effect of an increase in ug is rather 
complicated: it increases kLB in beds of 1.98-min particles, de- 
creases k L B  in beds of 4.08-inin particles, and no effect was 
observed in beds of5.86-inin particles. A similar trend in kLB 
values with increasing gas velocity in beds of 1-, 3-, and 6-min 
particles was reported by Ostergaard (1978), although his abso- 
lute values differ froin ours to a similar extent as did the vol- 
umetric inass transfer coefficient mentioned earlier. 

The increase in kLB with increasing gas velocity in the case of 
1.98-min particles can be explained liy the fact that bubble 
coalescence increases with increasing gas velocity and this in 
turn leads to an increase in k,,A due to the freer motion of the 
gas-liquid interface of large bubbles. On the other hand, the 
buhltle diameter in beds of the two larger particles reinain Fairly 
constant and the same should apply to kLB. This is indeed true i n  
the case ofthe 5.86-min particle bed (Figure 11). However, the 
behavior o f  beds of 4.08-inin particles does not fit the pattern 
(Figure 10). The reduction in the inass transfer coefficient with 
U ,  is proliably caused by the changes in the mobility of the 
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Particle Diameter = 1.98 mm Particle Diameter z 4.08 mm 

Symbol u p ,  cmis 

0 6.172 

A 7.390 

V 8.633 

V 
A 

I 
1 2 3 4 5 

ug.cmts __t 

. Eq. (19) 

Figure 9. Dependence of the true mass transfer coefficient on the gas and 
liquid velocity in the bed of 1.98-mm particles. 

gas-liquid iriteiface with the slight reduction of the bubble 
diameter with the increasing gas flaw rate. 

Although this was not possible to detect from the bubble 
diameter calculations above, this trend could be noticed for the 
4.08-inin particle bed froin the drift-flux velocity calculations. 
However, in the case of5.86-inin particle bed, the same calcula- 
tions indicated constant bubble size. A inore detailed descrip- 
tion of the results of drift velocity calculations can be found 
elsewhere (Dhanuka, 1978). According to Calderbank (1967), 
bubbles with a diameter greater than 2.5 inin exhibit a free 
interface behavior, while bubbles with a diameter of 1 inin or 
less behave as rigid spheres. The data presented by Calderbank 
(1967) and most other correlations proposed in literature predict 
that the kLB for bubbles 2.5 inin in diameter is larger than the 
corresponding valrie for 1-min bubbles by a factor ofabout three 
with values falling off rapidly in the transition zone. This may 
explain the observed behavior ofkLB in beds of 4.08-min parti- 
cles, the bubble diameter in  which lay in the transition region. 

The experimental data were compared with published for- 
mulae for the prediction of the inass transfer coefficient. In the 
case of the Higbie’s (1935) penetration theory, it was assumed 
that the exposure time can be approximated by the time taken 
by the bubble to rise to a clistance equal to its diameter: it was 
found that the inass transfer coefficients predicted froni this 
theory were larger by some 100-150% than the experiinental 
values. 

111 another attempt, the data were coinpared with the equa- 
tions proposed by Lochiel and Calderbank (1964) for niass trans- 
fer froin a gas bubble into the continuous phase around axisyin- 
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Figure 10. Dependence of the true mass transfer coefficient on the gas and 
liquid velocity in the bed of 4.08-mm particles. 
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metric bodies of revolutions. In this case, the predicted kLB 
values were lower by almost an order of magnitude; the same 
difference was also obtained when comparing with the equations 
proposed by Calderbank and Moo Young (1961). 

Finally, the data were coinpared with the eddy cell inodel of 
Lainont and Scott (1970). The authors derived the following 
formulae for kLB for a fixed interface: 

k L B  = 0.4 S C - ~ ' ~ ( E V ) ' ' ~  (14) 

kLB = 0.4 Sc-"' ( E v ) " ~  (15) 

and for a free interface, 

The rate of energy dissipation, E ,  in the liquid can be written 
in terms of pressure drop as: 

The liquid holdup El was calcrilated from the hydrodynamic 
inodel published earlier (Dhanuka and Stepanek, 1978). 

The data for the bed of5.86-inm particles were coinpared with 
Eq. 14, and those for the 1.98-inm particles with Eq. 15, since 
the bubble interface was rigid in the foriner and free in the latter 
case. Neither equation was expected to he strictly applicable to 
the data for the 4.08-inin particles which exhibit transition be- 
havior. 

For the 5.86-inm particle bed, it was found that Eq. 14 
overestimated the kLB values by about 40% which suggested that 
the value of the constant in Eq. 15 may not be correct. Indeed, 
the data were satisfactorily correlated (Figure 11) by: 

kLd = 0.24 Sc-"3/(Ev)1'4 (17) 

with an average deviation of t 12%. The difference between the 
theoretical and the empirical value of the porportionality con- 
stant may be due to the fact that the assumption that all the 
energy dissipated in the liquid is converted into sinall scale 
eddies oversimplifies the real situation. The value of the con- 
stant lies among values reported by various investigators for 
widely different systeins. Thus, Calderbank and Moo-Yoring 
(1961) found a value of 0.13 for solid dispersion in agitated 
vessels. Prasher (1973) reported a value of 0.196 for turbulent 
absorption in an open channel; Prasher and Wills (1973) ob- 
tained a value of0.592 for gas absorption in agitated vessels. 

The applicability of the inodel to  the bed of 3.08-inm parti- 
cles, which lies in the transition region between free antl fixed 
interface, can be  tested by calculating the kLB values from both 
equations above: the resiilts should provide limits for the ex- 
perimental data. For this purpose, the earlier obtained empiri- 
cal value of the proportionality constant of 0.24 rather than the 
theoretical value was used in both equations. The data lie close 
to the lower limit for the fixed interf'ace indicating that the 
mobility of the bubble interface was very restricted. Also the 
bubble diameter slightly decreases with increasing gas flow rate, 
and this is reflected by the gradual approach of the mass transfer 
coefficient towards the lower limit as the gas flow rate increases. 
Since neither Eq. 14 nor Eq. 15 can be used for the 4.08-inm 
particles, the data were correlated by the following empirical 
equation: 

k L B  x lo2 = (2.355 t 0.095) - (0.1045 2 0 . 0 1 6 ) ~ ~  (18) 

I n  Eq. 18, both kLB and ug are expressed i n  cinis; it also 
includes the standard deviation of the regression coefficients. 

In the case ofthe 1.98 inn-particles, it was observed that the 
bubbles were milch greater than 2.5 i n i n .  Therefore, Eq. 15 for 
free interface was used for comparison, using the empirical 
value of 0.24 a s  the proportionality constant. The inass transfer 
coefficients so predicted were found to be greater than the 
experimental values by ii factor ofalinost three. This discrepancy 
is probably due to two causes. First, the asslimption that all the 
energy dissipated i n  the liquid is converted into sinall-scale 
eddies that govern the process of inass transfer may not be 

exactly true. This indeed seems to be the case, because the 
values of(E .)Ii4 calculated by means of Eq. 17 were found to be 
independent of tig and t i f ;  therefore, if all the energy dissipated 
in the liquid contributed to inass transfer, kLB should be inde- 
pendent of ug.  This is contrary to the observed behavior, and it 
seeins that with an increase in us, more of the energy dissipated 
i n  the liquid is converted into small-scale eddies resulting in an 
increase in kLB. Secondly, it is known that large hnbbles are 
followed by a liquid wake and it has been reported by several 
authors (Valentine, 1967; Calderbank and Lochiel, 1964) that 
the existence of a liquid wake behind a large bitbble reduces the 
inass transfer coefficient due to a reduction in the surface re- 
newal rate. 

In the absence ofa inodel that would account for the distribu- 
tion of the energy dissipating eddies and for the effect of liquid 
wakes on the inass transfer coefficient in the bed of 1.98-nnn 
particles, an empirical correlation was obtained as: 

kLR = (0.8118 0.187) x 10-3 4".4"77*"."59' (19) 

Here again, kLB and ug are in cin/s; the correlation also in- 
cludes the standard deviation for the regression coefficient. 

Effect of Gas-Phase Resistance 

From a comparison of kLB values obtained with piire COz as 
gas phase with thohe obtained with a mixture of25% N, and 75% 
CO, (at inlet), the effect ofgas-phase resistance could be investi- 
gated. The gas-phase resistance cannot significantly affect the 
values ofkLBa for oxygen desorption, but it can affect the rate of 
C 0 2  absorption. Then, Eqs. 1 and 4 could not be combined 
without making allowance for the finite gas-side resistance in 
Eq. 1. 

Since the kLH values obtained with the two different composi- 
tions of gas phase for the case of5.86-1nin particles are identical 
(Figure 11) and as the kLB values in the other two beds are of 
same order of magnitude, it caii be concluded that the process of 
gas-liquid inass transfer in three-phase fluidized beds is a liquid 
film controlled operation and that the gas-phase resistance is 
11 n i in por tan t . 
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APPENDIX I: CALIBRATION OF THE 
DISSOLVED OXYGEN PROBE 

A briel'proceclui-e o f p r o 1 1 ~  calihriition, tie\ eloped fol- the prirpose of 
this study, is described I)elow. h tletailcd prooiof'tlie calil)ratio~~ proce- 
dure caii be forintl elsewhere (I l l ianuka,  1978). 

The c;ilibl.atioii was Ixiscd o n  the fi~itling that the sollltion of sodillin 
carlwnate, sotliuiii Ilicarl)onate. antl sotliriin hypoclilorite can he re- 
placed for calil~ration pilrposes by a solrttion of sodium chloride of'ecpil 
ionic streiigtli. 'The ad\ antage ofiising a sotlii~~ir cliloritle solution is tliat 
its dissol\ etl oxygen can also he tleternlinetl ;uralytically 11y the Winkler 
inetliotl. 

On the basis of the aho\e conclusion, the lirobe was first calil)rated 
with a2h1 NaCl solution satilrated with air i n  which the concentration of 
dissolved oxygen was determined by tlie Wiiikler Inetliod. Next,  the 
dissolved oxygen readings were obtained by tlie prol)e and the Winkler 
method for fbur air saturated solution of NaCl of the strengths 1.951, 
1.9551, 2.05M, and 2 . 1 M .  

It was found that the ionic strength ofthe solution :ifFectcd the probe 
reading systeiriatical~y iis can be see11 h i 1 1  Figiire A l ,  whicli gi\ es the 
ratio of the actrial oxygen content (determined b y  Winkler iiiethotl) to 
that obtained by the probe against tlie ionic strength of'tlie solrition. Tile 
conceiitriitioii of tlissol\ ed oxygen i n  tlie Na,CO,-NatlCO,-N;tOCI 
soltition could now be easily calccilatetl from the r~idiirgoftlie tlissnl\ecl 
oxygen prohe after applying a correction obtained from Figrire .41. 

Thc liiienrity of the pi-ohr r c s p ~ s e  o\ er the oxygen coiicentritioii 
range eiicouiiterctl i i i  the study was coiifirined by saturating the 251 
NaCl wltition with ai-tificial mixtrlres oI'SF-, lo%-, mrt l  1.5j%-ouyge11 in 
nitrogen a d  ~ ~ i e a s ~ ~ r i n g  their oxygen colicenti-ation with the prol)e. 
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Figure A l .  Dependence of the oxygen probe reading on the ionic strength 
of the solution. 

APPENDIX 11: KINETICS OF THE FAST REACTION OF CO, IN A 
Na,CO,-NaHCO, BUFFER WITH HYPOCHLORITE AS CATALYST 

In a carbonate-bicarbonate buffer solution, dissolved C o t  reacts with 
OH- ions at a local rate of k2CC02COH-; the value of has 
been reported by Roherts antl Danckwerts (1962) antl is 0 . 8 ~ ~ ’  at 20°C i n  
the hrifkr solution used i n  this stridy. The carbon dioxide also reacts with 
water at a rate k,,, C,,>,, the \ d o e  ol’k,,,,, being 0.02s-’ at tlie same 
ternperattire. Further, in the presence ofhypochlorite ions, there is also 
a catalysed reaction with water, the rate of which is k,,, - Cco2 Cocl ~. 
The rates of the three reactions add together to give the total rate of 
reaction of carbon dioxide: 

R C W  = (kzcoti- + ~ H , O  + koci.- Coci- ) c c o ,  ( A l )  

The values ofkoCl - varies greatly with the concentration and nature of 
the various ions in the solution (Sharina, 1964). 

The ahove reaction call be considered to he pseudo-first order if the 
value ofthe quantity in  parenthesis is the same at dl times and i n  all the 
regions ofthe liquid; i.e., there should be no depletion ofOC1- ions near 
the interface due to forination of Iiypochlorous acid. A condition for this 
has been given by Danckwerts and Sharina (1966) and was \erified for 
the present system. 

The values of the reaction rate constant kUcl- were reported by 
Sharma and Danckwerts (1963), hut for a different concentration of 
hypochlorite than was used in this study. There are also certain doubts 
regarding the acciiracy of the reported results as they do not fit the 
Arrhenius equation. The valites ofkocl- needed in  the present investi- 
gation for a 0 . 0 1 M  solution of NaOCl were, therefore, determined i n  a 
100-mm i.d. glass stirred cell operated semi-hatchwise for periods of 
8-10 ininrites depending on tlie teinperature of the solution, which was 
controlled to within 2 0.1”C. Further details of the system antl experi- 
mental procedure are availalde clsewhere (Dhanrika, 1978). The follow- 
ing Arrheniiis-type rate expression was fitted to the data: 

where R is universal gas constant expressed i n  kJimol . K and kocl- i n  
I/ginol ‘ s. The correlation also includes the stantlard deviation of the 
regression coefficients. 

NOTATION 

a = interfacial area 
C = concentration 
C *  = satiiration concentration 
Co 
AC = concentration driving force 
D = diffusivity 
E 
h =height of bed 
k = rate constant 
k, 
k2 
kL 
kLa 
LV = pressure drop 
R 
Sc = Schinidt number 
T = telnperature 

= reactant concentration in the bulk liquid 

= rate of energy dissipation 

= pseudofirst order rate constant 
= second order rate constant 
= true liquid-phase inass transfer coefficient 
= volumetric liquid-phase inass transfer coefficient 

= specific rate of absorption 

U = superficial velocity 

Greek Letters 

p =density 
€ = bed porosity 
v = kinematic viscosity 

Subscripts 

A = absorbed species 
B = desorbed species 
g =gas 
1 = liquid 
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The Axial Velocity of a Submerged Axially Symmetrical Fluid Jet 

J. HENRY RUSHTON 
Purdue University, 

West Lafayeite, Indiana 

To mix liquids in very large tanks it is often convenient t o  we a 
submerged j e t  of liquid formed by discharge through a pipe or  
nozzle. Problems frequently arise in the filling of tanks to mix 
the inflow with the tank contents. Tanks holding u p  to 159 000 
m3 (one inillion barrels) can be blended with inflow if the inflow 
is properly positioned and of sufficient velocity so that a j e t  is 
formed which will entrain surrounding fluid and mix in the 
turbulent core of the jet .  

The axial velocity of such a submerged j e t  will determine the 
power required and the rate of blending o r  entrainment; thus, a 
knowledge of the velocity of submerged jets as they progress is 
necessary for the design of such systems. The data herein 
presented have been used successfully in the design of the 
filling-mixing systems for tanks ranging in size froin 37.85 to 
159 000 m3 (Sarsten, 1972). See Rushton (1954). Fossett and  
Prosser (1949), Folsoin and Fergrison (1949). 
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A fluid j e t  whose cross section is circular will entrain sur- 
rounding fluid as it flows from and along the axis of t he  nozzle. 
The axial velocities of the j e t  will increase as the je t  flows from 
the  nozzle and as its cross section increases owing to  entrain- 
ment  ofsurrounding fluid. The momentum of the j e t  will remain 
constant as it expands by entrainment. 

The distance from the nozzle to a position along the axis offlow 
is designated as z, and the diameter of the nozzle is Do. The 
velocity at  the je t  center line, or axis, is u, at point x, and uo is the 
average velocity at  the nozzle. 

A large number of investigations have been made and re- 
ported in the literature on the behavior of air and gas jets in air 
under both isothermal and nonisotherinal conditions. Those 
which report original data for isothermal conditions and for jet 
lengthsbetween 2Oand lOOjet diameters (./Do), are listed in the 
refercsnces. Some papers have been published on the flow be- 
havior of liquid jets in liquids (Donald and Singer. 1959; others 
in the rcxferences). Of a nninber of books on the mechanics of 
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